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Abstract: The performance of a commercial FCC catalyst (designated as CY) and a physically
mixed hybrid catalyst (80 wt.% CY and 20 wt.% HZSM-5-based catalyst, designated as CH) have
been compared in the catalytic cracking of a vacuum gasoil (VGO)/bio-oil blend (80/20 wt.%) in
a simulated riser reactor (C/O, 6gcatgfeed−1; t, 6 s). The effect of cracking temperature has been
studied on product distribution (carbon products, water, and coke) and product lumps: CO+CO2,
dry gas, liquified petroleum gases (LPG), gasoline, light cycle oil (LCO), heavy cycle oil (HCO),
and coke. Using the CH catalyst, the conversion of the bio-oil oxygenates is ca. 3 wt.% higher,
while the conversion of the hydrocarbons in the mixture is lower, yielding more carbon products
(83.2–84.7 wt.% on a wet basis) and less coke (3.7–4.8 wt.% on a wet basis) than the CY catalyst.
The CH catalyst provides lower gasoline yields (30.7–32.0 wt.% on a dry basis) of a less aromatic
and more olefinic nature. Due to gasoline overcracking, enhanced LPG yields were also obtained.
The results are explained by the high activity of the HZSM-5 zeolite for the cracking of bio-oil
oxygenates, the diffusional limitations within its pore structure of bulkier VGO compounds, and its
lower activity towards hydrogen transfer reactions.
Keywords: catalytic cracking; FCC; VGO; bio-oil; gasoline; HZSM-5 zeolite
1. Introduction
The road to sustainability from a fossil-dependent energetic scenario to a more sustainable one
brings about a number of technical, economical, and societal challenges. Among these, adapting
existing refinery structures for a more versatile and efficient operation is of crucial importance. In this
transition, incorporating lignocellulosic biomass in biorefinery platforms is a viable strategy for the
production of “green” fuels and chemicals, while simultaneously reducing oil consumption and
greenhouse gas emissions [1,2]. Bio-oil attracts great interest as a biorefinery platform because it can be
upgraded to renewable or blended hydrocarbon fuels through a number of routes [3,4]. This interest
is grounded in the technological development attained for bio-oil production through biomass fast
pyrolysis, with simple technologies of low environmental impact [5].
The complex bio-oil composition consists of a plethora of oxygenated compounds of very
different functionalities (i.e., acids, alcohols, aldehydes, esters, ketones, phenolics, guaiacols, sugars,
pyrolytic lignin), together with a significant water content of 15–35 wt.% [6,7]. Despite its low N and
S content, direct application of bio-oil as a fuel is limited due to its high oxygen and water content,
low calorific power, viscosity (10–100 cP at 40 ◦C), acidity (pH ≈ 2–4), corrosive nature, and low
chemical stability upon storage, among others [8,9]. For these reasons, prior to its valorization, it is
also plausible to stabilize the bio-oil by removing some of the more unstable oxygenates through
the addition of a solvent [10], thermal aging [11], or some catalytic treatment (i.e., esterification,
Catalysts 2020, 10, 1157; doi:10.3390/catal10101157 www.mdpi.com/journal/catalysts
Catalysts 2020, 10, 1157 2 of 15
mild hydrodeoxygenation) [12,13]. Nonetheless, these pre-treatments might be costly and can also
potentially decrease the yields of interesting products in subsequent catalytic valorization stages,
and hence, the interest for developing large-scale direct bio-oil conversion routes is reinforced.
Among the bio-oil upgrading routes available, its co-processing in fluid catalytic cracking
(FCC) units together with conventional feedstock (vacuum gasoil, VGO) is technically feasible [14–16].
Nonetheless, significant differences are observed in the product yields depending on the production and
conditioning methods for bio-oil, as well as the type of reactor, catalyst, and reaction conditions [17–24].
In any case, the economic analysis evidences the importance of using already existing refinery
infrastructure for decreasing the cost of the gasoline product. This way, the price of the gasoline
produced through co-feeding of bio-oil in the FCC unit is estimated to be similar to fossil-derived
gasoline, while it also depends on the bio-oil characteristics and the VGO/bio-oil blend ratio [25].
Bhatt et al. [26] recently reported an analysis of the FCC unit capacity in US refineries and the effect
of the co-feeding of different VGO/bio-oil ratios on the produced emissions. This study is based on
the results from the Renewable Energy Laboratory (NREL) and resolves that 55 out of 95 refineries
with FCC units in the US could co-process a 20 wt.% bio-oil without requiring any major modification.
Another 34 refineries can process 4–20 wt.% bio-oil, while only the remaining six would require
significant modifications in order to comply with environmental legislation. This FCC unit capacity
corresponds to 573,000 barrels per day of raw bio-oil, which represent 1.92 billion gallons of gasoline
equivalent per year.
The presence of oxygenates in the bio-oil/VGO blend leads to synergistic effects, which cause
an increase in the dry gas yield (C1-C2), decrease in C3-C4 hydrocarbons, and also increase the
concentration of aromatics and oxygenates in the gasoline fraction. The profusion of hydride transfer
reactions from hydrocarbons to oxygenates as well as the preferential adsorption of some compounds
in the mixture on the acid sites of the catalyst, as well as the different diffusional restrictions when
the blend is fed, can explain the main reaction synergies. In a previous work, we demonstrated the
existence of a relationship between the mechanisms for the cracking of the hydrocarbons from the VGO
and the oxygenates contained in raw bio-oil [21]. Through co-feeding, positive synergies are created for
preventing unwanted product formation, and catalyst deactivation is also mitigated. Coke formation
occurs through a dual mechanism where oxygenates and hydrocarbons act as precursors in which
water also plays a relevant role attenuating their evolution towards condensed coke structures [27].
Typically, the catalyst used in the FCC process consists of a crystalline HY zeolite, embedded into a
matrix containing meso- and macropores. This configuration minimizes diffusional limitations of bulky
molecules towards the inner pore structure and retains the metals present in the feed [28]. In addition,
the HZSM-5 zeolite is used as catalyst additive in FCC units, which contributes to increasing the octane
number of the gasoline and also helps increase the yields of olefins in the LPG fraction, to the detriment
of the less profitable dry gas [29,30]. The shape selectivity and moderate acidity of the HZSM-5 zeolite
are suitable for minimizing secondary bimolecular and hydrogen transfer reactions, hence favoring the
selectivity towards olefins and minimizing the yields of coke and undesired overcracking products
(i.e., CH4, CO and CO2). The activity and stability of the HZSM-5 zeolite have been already reported for
the production of bio-oil through catalytic biomass pyrolysis [31] as well as for the selective production
of light olefins from raw bio-oil [32].
This manuscript compares the performance at different temperatures (500–530–560 ◦C) of a
commercial FCC catalyst (containing HY zeolite, designated as CY) and a physically mixed hybrid
catalyst (designated as CH) consisting of 80 wt.% commercial FCC (CY) and 20 wt.% of a HZSM-5-based
catalyst (designated as CZ), on the fluid catalytic cracking of a VGO/bio-oil blend (80/20 wt.%) and
resembling industrial conditions (C/O, 6gcatgfeed−1; contact time, 6 s). By adding the HZSM-5 additive
to the commercial FCC catalyst, the goal of this study is to determine its effect on the main product
distribution as well as individual product lumps, and on the quality of the produced gasoline.
The obtained results evidence the potential of the HZSM-5 zeolite as a catalyst additive not only for the
habitual VGO cracking, but also for the co-cracking of a VGO/bio-oil blend. Furthermore, co-feeding
Catalysts 2020, 10, 1157 3 of 15
raw bio-oil together with VGO provides new knowledge with respect to studies on the conversion of
model compounds of bio-oil. The utilization of equilibrated catalysts and also a laboratory reaction
setup, which resembles industrial operation, allows for obtaining realistic and industrially meaningful
results in order to progress towards a great-scale bio-oil valorization.
2. Results and Discussion
2.1. Effect of Reaction Temperature on Conversion and Main Cracking Product Yields on a Wet Basis
The evolution with temperature of the conversion as well as the carbon products, water, and coke
yields (the values correspond to product distribution, calculated in a wet basis, see Equation (1)) are
displayed in Figure 1. In terms of conversion (Figure 1a), it increases with temperature and results
ca. 3 wt.% lower using the hybrid CH catalyst in contrast to the CY catalyst (56.2 and 58.9 wt.% at
500 ◦C; 68.6 and 71.8 wt.% at 560 ◦C, respectively). This lower conversion of the CH catalyst can be
attributed to the diffusional limitations that the HZSM-5 zeolite presents for bulkier feed molecules,
mostly contained in VGO. This more severe shape selectivity (with narrower pores) eventually leads
to a lesser conversion of this heavier VGO fraction. In addition, cracking reactions require strongly
acidic Brönsted sites, which are more abundant in the CY catalyst (see Section 3.1). On the other
hand, the yields of the main cracking products on a wet basis in Figure 1b show that the yields of
carbon products, which are the dominant reaction products, are slightly higher for the CH catalyst
(83.2–84.7 wt.%), with a lower coke formation (3.7–4.8 wt.%), while water yield (11.5–12.0 wt.%) is very
similar for both catalysts. These results indicate that the formation of carbon products in the volatiles is
hindered by higher cracking temperatures, which simultaneously favor the formation of coke deposits
on the catalyst. It should be mentioned that despite the issues that arise in bio-oil valorization processes
from the rapid repolymerization of phenolics and the formation of the so-called thermal lignin [13],
no operational issues derived from coke formation were observed in this study. This can be explained
by the elevated cracking temperatures of this study and the fast kinetics of the reactions taking place.
Furthermore, the fluidization of the catalyst particles and the significant water content in the reaction
media also aid to hinder the aforementioned repolymerization reactions.
On the other hand, the almost constant water yields suggest that deoxygenation reactions
(which generally form water as an end product) are not significantly affected by temperature variations,
which tend to affect cracking and (de)hydrogenation reactions in a greater extent. Even though a higher
acidity of the catalyst is known to have a great impact on promoting deoxygenation reactions [12,24],
in this case, the inclusion of the HZSM-5 zeolite in the catalyst bed did not reflect such big effect on
water formation (Figure 1b), likely due to its dilution in the CH catalyst, and also its low proportion
(20 wt.%) in the physical catalyst mixture.
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Figure 1. Effect of the reaction temperature on (a) the conversion of the vacuum gasoil (VGO)/bio-oil
blend (80/20 wt.%) and (b) the main cracking product yields (on a wet basis) using the CY and CH
catalysts (C/O, 6gcatgfeed−1; contact time, 6 s).
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Table 1 correlates the coke content deposited on the CY and CH catalysts in the experiments
reported in Figure 1. Coke content increases upon increasing the reaction temperature, as a consequence
of an enhancement of the formation of polyaromatic compounds through condensation of reaction
intermediates. In this mechanism, aromatics play a key role. It should also be mentioned that the coke
contents are slightly below those reported for the catalytic cracking of VGO alone. Ibarra et al. [33]
have explained the synergies in the coke formation mechanism in the co-cracking of a VGO/bio-oil
blend, observing that co-feeding bio-oil plays a favorable role due to the presence of water in the
reaction media as well as the occurrence of hydrogen transfer reactions from the hydrocarbons in VGO
towards coke precursors. The higher coke deposition in the CY catalyst can also be associated to the
presence of stronger acidic sites (mainly Brönsted, see Section 3.1), which are particularly active in
coke formation reactions.
Table 1. Coke content (wt.%) deposited on the two catalysts after reaction (C/O, 6gcatgfeed−1; contact time, 6 s).
500 ◦C 530 ◦C 560 ◦C
CY 0.675 0.765 0.897
CH 0.628 0.707 0.795
The deterioration of the catalyst properties as a consequence of coke deposition can be evaluated
by comparing the properties of both spent catalysts at 500 ◦C (Table 2) with their properties in fresh
catalyst conditions (see Section 3.1). To facilitate this comparison, Table 2 also includes the relative
change (in %) of each parameter. It must be highlighted that the properties of the fresh CH catalyst
have been calculated as a weighted average of the catalysts, which form the CH mixture (80 wt.%
CY and 20 wt.% of CZ catalyst). However, the properties of the spent CH catalyst correspond to the
mixture, due to the difficulty for separating the two mixed catalysts after reaction. We observed that,
after reaction, the physical (BET surface area, pore, and micropore volume) and acidic properties
(total acidity, average acidic strength) of the CY catalyst decrease in a greater extent than those of
the CH catalyst. This is in agreement with the well-established stability of the HZSM-5 zeolite in
coke deposition conditions [34–36]. It was also observed that coke preferentially blocks the micropore
structure in both catalysts, hence increasing the average pore diameter in the used catalysts. In addition,
we also observed a selective deactivation of the Brönsted acidic sites, which are stronger and more
active in aromatic condensation reactions towards coke formation.
Table 2. Physico-chemical properties of the spent catalysts and their relative variation with respect to
fresh catalyst conditions.
- CY Used ∆ (%) CH Used ∆ (%)
SBET (m2 g−1) 85 −31 92 −27
Vpore (cm3 g−1) 0.18 −50 0.2 −40
Vmicropore (cm3 g−1) 0.02 −50 0.03 −30
dp (Å) 208 80 170 60
Total acidity (µmolNH3 g−1) 24 −20 26 −24
Average acid strength (kJ mol−1) 71 −29 65 −32
Brönsted/Lewis (B/L) ratio (mol mol−1) 0.33 −50 0.28 −59
2.2. Effect of Reaction Temperature on Conversion and Product Lump Distribution on a Dry Basis
The yields of the different product lumps on a dry bio-oil basis for the two catalysts present
clear differences, as depicted in Figure 2. The lower yield of the gasoline fraction (Figure 2d) through
the whole temperature range when using the CH catalyst (30.7–32.0 wt.%) should be noted, as a
consequence not only of its overcracking towards LPG (Figure 2c, with yields of 16.6–21.6 wt.%),
but also of a lower conversion of the heaviest fraction of VGO, as previously discussed from Figure 1a.
These heavy components will find limitations on their diffusion within the micropores of the HZSM-5
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zeolite and even in the matrix of this catalyst, which lacks macropores. As a consequence, the yields of
the heavier LCO and HCO lumps (Figure 2e,f) are higher when using the CH catalyst (20.4–22.3 wt.%
and 9.6–18.4 wt.%, respectively). The coke yield (Figure 2g) was slightly lower with the CH catalyst
(4.3–5.7 wt.%). Furthermore, despite the higher gasoline overcracking that occurs with the CH catalyst,
the CO+CO2 yield (Figure 2a) was analogue for both catalysts (1.4–2.1 wt.%), while the dry gas yield
(Figure 2b) was slightly lower for the CH catalyst (6.2–10.0 wt.%).
The capacity of HZSM-5 zeolites for boosting the formation of LPGs in the cracking of raw bio-oil
has previously been reported [24], as well as its higher selectivity for the formation of light olefins, to
the detriment of decarbonylation, decarboxylation, and decomposition reactions, towards CO, CO2,
and methane, respectively [34]. Furthermore, the tridimensional pore structure of the HZSM-5 zeolite
also likely plays an important role for facilitating the diffusion of coke precursors towards the exterior
of the catalyst particle [35,36]. In this study, the sweeping of coke precursors is also boosted by the
presence of water in the reaction medium, which originates from both the bio-oil feed (see Table S1)
and deoxygenation reactions of bio-oil oxygenates.
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Figure 2. Effect of temperature over the yields of (a) CO + CO2, (b) dry gas, (c) LPG, (d) gasoline,
(e) LCO, (f) HCO and (g) coke on the catalytic cracking of a VGO/bio-oil blend using the CY and CH
catalysts (C/O, 6gcatgfeed−1; contact time, 6 s).
Catalysts 2020, 10, 1157 6 of 15
Figure S1 displays the comparison of the evolution with conversion of the dry gas, LPG,
and gasoline yields for both catalysts. The higher gasoline overcracking capacity of the hybrid CH
catalyst is manifested not only because of the lower gasoline yields (Figure S1c), but also because
the maximum gasoline yield corresponds to a lesser advance of the reaction. As a consequence of
overcracking being favored, the yield of LPGs is higher using the CH catalyst (Figure S1b) and the
difference between the two catalysts is maintained upon increasing the conversion, with no significant
increase in the yield of dry gas (Figure S1a).
In addition to the notable effect that temperature has on the product yields, this variable also
has a significant influence in the composition of the different product fractions. Specifically, for gas
products, the use of the CH catalyst leads to an overall increase in the yields of light olefins, as shown
in Figure S2. Within the whole studied temperature range, the CH catalyst provides higher yields of
ethylene and lower yields of ethane and methane (Figure S2a). In the C3 fraction (Figure S2b), also a
higher yield of propylene and propane was observed for the CH catalyst, while in the C4 fraction,
an increase in all gas species was detected (Figure S2c,d). The olefinity ratios summarized in Table 3
indicate that, using the CH catalyst, higher gas yields (see Figure 2) also imply a selective increase in
olefins, which is explained by the limited activity of the HZSM-5 zeolite in hydrogen transfer reactions
in FCC reaction conditions [37]. It was observed that the production of specifically ethylene and butene
(with respect to ethane and butane) is boosted by using the hybrid catalyst, as the HZSM-5 intervenes
in the oligomerization–cracking mechanism of interconversion of light olefins [38].
Table 3. Comparison of the effect of temperature on the olefinity of the C2-C4 families in the gas
products during the cracking of the VGO/bio-oil blend using the CY and CH catalysts (C/O, 6gcatgfeed−1;
contact time, 6 s).
- Catalyst 500 ◦C 530 ◦C 560 ◦C
C2=/C2 Total.
CY 0.63 0.66 0.65
CH 0.78 0.80 0.75
C3=/C3 Total
CY 0.75 0.73 0.72
CH 0.75 0.74 0.73
C4=/C4 Total
CY 0.48 0.49 0.51
CH 0.60 0.60 0.61
2.3. Composition of the Gasoline Fraction
In Table 4, the conversion of the oxygenates in bio-oil, deoxygenation degree, liquid fuel and
oxygen-to-carbon ratio of the liquid fuel are compared for the three studied temperatures using the CY
and CH catalysts. It was observed that the conversion of bio-oil oxygenates is favored by the presence
of the HZSM-5 catalyst, being higher using the CH catalyst. This way, the conversion with this catalyst
is of 86.0 wt.% and of 82.6 wt.% using the CY catalyst at 500 ◦C, and the difference decreases upon
increasing temperature (93.4 and 91.2 wt.% at 560 ◦C for the CH and CY catalysts, respectively).
In the catalytic cracking of VGO/bio-oil mixtures, a variety of different types of compounds are
formed through a series of deoxygenation, cracking, dehydration, decarboxylation, decarbonylation,
and alkylation reactions, among the most important ones. Specifically, when co-processing two feeds
of such distinct nature as VGO and bio-oil, an insightful assessment of the gasoline quality requires
evaluating the composition of the oxygenates and hydrocarbons separately.
As observed in the results discussed in Figure 2, gasoline is the main product fraction of the catalytic
cracking of the VGO/bio-oil blend, using either the commercial CY catalyst (33.9–37.7 wt.%) or the
hybrid CH one (30.7–32.0 wt.%). The results in Table 4 and Figure 2 indicate that the conversion of the
oxygenates in the bio-oil feedstock, as well as deoxygenation degree (DOD) is favored upon increasing
cracking temperature, and particularly using the CH catalyst. On the other hand, the yields towards
liquid fuels decrease upon increasing cracking temperature, as a consequence of promoted gasoline
overcracking. It was also observed that gasoline produced at higher temperatures is slightly more
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deoxygenated. The diffusional limitations that the HZSM-5 zeolite offers for the bigger hydrocarbons
contained in the LCO and HCO fractions of VGO, and the simultaneous promotion of selective
deoxygenation and cracking reactions of bio-oil oxygenates, are the explanation for these results.
In addition, the overcracking of the gasoline components originating from VGO is also boosted in a
lesser extent. Due to this high deoxygenation, the liquid fuel obtained with the CH catalyst offers
better perspectives for its use.
Table 4. Comparison of the effect of temperature over the bio-oil conversion (Xoxygenates), deoxygenation degree
(DOD), yields of liquid fuel (Yfuel), and oxygen-to-carbon ratio (Ox/C) of the liquid fuel obtained in the catalytic
cracking of the VGO/bio-oil blend using the CY and CH catalysts (C/O, 6gcatgfeed−1; t, 6 s).
- Catalyst 500 ◦C 530 ◦C 560 ◦C
Xoxygenates
CY 82.6 87.1 91.2
CH 86.0 89.5 93.4
DOD
CY 91.0 93.0 95.0
CH 92.5 95.1 96.7
Yfuel
CY 62.2 59.3 51.9
CH 60.3 56.9 50.3
Ox/C
CY 0.10 0.09 0.08
CH 0.09 0.08 0.08
As previously discussed, due to the more severe shape selectivity of the HZSM-5 zeolite as well as
its gasoline overcracking capacity, the hybrid CH catalyst provides lower gasoline yields. Furthermore,
the gasoline produced with the two different catalysts differs notably in composition, as shown in
Figure 3. Using the CH catalyst, a lower yield of aromatics was observed (9.1 wt.%). This higher yield of
aromatics (11.6 wt.%) using the CY catalyst can be justified by (i) the breakage of bonds in the aromatic
compounds in the LCO fraction (which does not easily access the HZSM-5 pore structure) and (ii) the
low activity of the HZSM-5 zeolite in bimolecular hydrogen transfer reactions, olefin oligomerization
and Diels-Alder condensation in FCC reactor unit conditions [37]. The higher proportion of strongly
acidic Brönsted sites (active for these reactions) in the CY catalyst (Table 5) is in agreement with its
higher activity for the formation of aromatics. On the other hand, the yields of naphthenics, olefins,
and i-paraffins are slightly lower for the CH catalyst (2.3 wt.%, 9.3 wt.%, and 3.8 wt.%, respectively),
due to the enhancement of the monomolecular cracking of all these fractions towards LPGs promoted
by the HZSM-5 zeolite.
For a more detailed evaluation of the hydrocarbon composition in gasoline, Figure 4 compares
the distribution of each of the gasoline hydrocarbon compound families on a carbon number basis for
both catalysts. Among aromatics (Figure 4a), all compound yields were lower using the CH catalyst,
specifically those in the C8-C10 range, which are the most abundant and originate from the dealkylation
and bond breakage of heavy aromatics in the LCO and HCO fractions. This decrease in aromatics in
gasoline using the hybrid CH catalyst presents a clear commercial interest, aiming for the incorporation
of this gasoline into the refinery pool. On the other hand, the concentrations of n-paraffins (Figure 4b),
olefins (Figure 4c), and i-paraffins (Figure 4d) are overall lower than those of aromatics. It was observed
that CH catalyst slightly favors the cracking of these species, with the exception of the C11-C12 paraffins,
whose diffusion is likely limited within the HZSM-5 pore structure.
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aromatics in gasoline using the hybrid CH catalyst presents a clear commercial interest, aiming for 
the incorporation of this gasoline into the refinery pool. On the other hand, the concentrations of n-
paraffins (Figure 4b), olefins (Figure 4c), an  i-paraffins (Figure 4d) re over ll l we  than those of 
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Figure 4. Comparison of the yields of (a) aromatics, (b) n-paraffins, (c) olefins and (d) i-paraffins of
the gasoline hydrocarbon fraction (on the basis of their carbon number) produced from the catalytic
cracking of a VGO/bio-oil blend using the CY and CH catalysts (C/O, 6gcatgfeed−1; contact time, 6 s).
Another important aspect is the decrease in the isomerization activity of the catalyst after
incorporating the HZSM-5 zeolite. As a consequence, as listed in Table S2, the C5 and C6 iso-olefin
fractions decrease, as well as the C5 and C5 iso-paraffin fractions (summarized in Table S3). The effect
over the olefinity of the gasoline fraction (Table S2) is dependent on temperature. At 500 ◦C gasoline
has a less olefinic nature, while, at higher temperatures of 560 ◦C, when hydrogen transfer reactions
are attenuated, a more olefinic gasoline is produced. Within the whole studied temperature range,
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this olefinity index was higher when using the commercial CY catalyst, which indicates that the
attenuation of hydrogen transfer reactions is higher for the HZSM-5 zeolite in the CH catalyst.
3. Materials and Methods
3.1. Catalyst Synthesis and Characterization
Two zeolite-based catalysts were used in this study: (i) an equilibrated industrial FCC catalyst,
directly sampled from the outlet stream of a FCC unit from Petronor S.A. (Somorrostro, Spain),
containing 15 wt.% HY zeolite and that has been equilibrated in subsequent reaction-regeneration
cycles in the industrial unit and (ii) a catalyst based on HZSM-5 zeolite (supplied by Zeolyst International,
SiO2/Al2O3 = 80), which has been calcined at 550 ◦C under a N2 stream for 4 h, and subsequently
agglomerated in a matrix by wet extrusion of the active phase (zeolite, 20 wt.%), binder (bentonite,
2 wt.%), and inert filler (α-Al2O3, 78 wt.%). This agglomeration in a meso- and macroporous matrix
leads to the formation of a hierarchical porous structure in the catalyst particle within which sequential
reactant diffusion takes place and partial cracking of bulkier feedstock molecules occurs, followed by
a subsequent cracking of the resulting chains within the micropore structure of the catalyst [24].
After agglomeration, the catalysts were dried, calcined at 550 ◦C, milled, and sieved to the desired
particle size (60–120 µm). Finally, the HZSM-5-based catalyst was equilibrated through a steaming
treatment, for 5 h at 760 ◦C and atmospheric pressure. This treatment causes partial dealumination of
the zeolites, removing strongly acidic centers from the catalytic surface, which are highly unstable
and not capable of fully recovering their activity in successive reaction–regeneration stages [38].
Steaming treatments will also enhance the mesoporous structure of the catalysts, thus increasing the
average pore diameter and enabling the accessibility of heavy feed components into the zeolite pores.
This catalyst equilibration is necessary in order to attain results that are representative of an industrial
FCC unit. The effectivity of the steaming treatment was corroborated in a pre-experimental phase
through experiments with intermediate regeneration (complete coke combustion in air at 550 ◦C)
after which the catalysts totally recovered their activity. The catalysts have been designated as (i)
CY (equilibrated FCC) and (ii) CZ (HZSM-5-based), respectively. The hybrid catalyst consists of the
physical mixture of both catalysts in a CY/CZ mass ratio of 80/20 wt.% and was designated as CH.
The physical properties, BET surface area, and pore structure of the fresh catalysts were determined
by N2 adsorption-desorption at −196 ◦C in an ASAP 2010 unit by Micromeritics (Norcross, GA, USA),
after previously degassing the sample at 150 ◦C for 8 h under vacuum conditions (see isotherms
in Figure S3). The specific surface are (SBET) was computed using the Brunauer–Emmett–Teller
(BET) equation, while the micropore volume (Vmicropore) was calculated using the t-method, based on
the Harkins–Jura equation. The BJH method was applied for estimating the average pore size (dp).
Mesopore volume (Vmesopore) was calculated from the difference between total pore volume (V0.995)
and micropore volume. The crystalline structure was studied through X-ray diffraction in a PW 1710
apparatus by Philips (Amsterdam, The Netherlands) (see XRD patterns in Figure S4). The total acidity
and strength of acidic sites were determined by isothermal adsorption of NH3 at 150 ◦C followed
by a temperature programmed desorption (TPD) up to 550 ◦C at a 5 ◦C min−1 rate in a Setaram
SDT 2960 thermobalance connected online with a Thermostar Balzers Instruments mass spectrometer
(Cologne, Germany) (NH3-TPD curves are provided in Figure S5). The Brönsted/Lewis (B/L) ratio of
acidic sites was determined by FTIR spectrophotometry with adsorbed pyridine in a Thermo Nicolet
6700 unit. The main physico-chemical properties of the fresh catalysts are listed in Table 5.
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Table 5. Physico-chemical properties of the fresh CY and CZ catalysts.
- CY CZ
SBET (m2 g−1) 122 143
Vpore (cm3 g−1) 0.35 0.24
Vmicropore (cm3 g−1) 0.04 0.02
dp (Å) 117.3 62.2
Unit cell size (Å) 24.30 -
Total acidity (µmolNH3 g−1) 30 50
Average acid strength (kJ mol−1) 100 78
B/L ratio (mol mol−1) 0.75 0.22
3.2. Feedstock
A blend of vacuum gasoil (VGO, 80 wt.%) and a black poplar raw bio-oil (20 wt.%) was used as
feedstock. The VGO was supplied by Petronor S.A. (Somorrostro, S.A.). The raw bio-oil was obtained
through fast pyrolysis of black poplar sawdust at 440–450 ◦C, in a pilot plant from Ikerlan/IK-4
(Vitoria, Spain) provided with a conical spouted bed reactor (CSBR) [39]. The most relevant properties
of the raw bio-oil and VGO are detailed in Table S1, Table S4, and Table S5 of the Supporting Material,
respectively. The high amount of water in bio-oil (of 46.5 wt.%) should be highlighted, since it is known
to aid dispersion of heavy feed molecules in VGO conversion [40].
The elemental composition of the feeds (CHNS, oxygen was computed by difference) was
measured by means of elemental analysis in a TruSpec CHM Macro and additional TruSpec S module
by Leco (St. Joseph, MI, USA). The water content in the raw bio-oil was quantified through Karl Fischer
titration in a Metrohm 830 KF Titrino plus. The chemical composition of the feeds was analyzed by
GC-MS in a GC-MS QP2010 unit by Shimadzu (Kyoto, Japan). The simulated distillation data were
obtained by gas chromatography analysis in a 6890 Series GC System by Agilent (Santa Clara, CA,
USA) equipped with a flame ionization detector (FID) and using a Simdis D-2887 Fast/Ext. column.
3.3. Catalytic Cracking Runs and Product Analysis
The catalytic cracking runs of the VGO/bio-oil blend have been carried out in a CREC
(Chemical Reactor Engineering Center) riser simulator (described in Scheme 1) designed to operate in a
laboratory scale and in conditions that resemble those of an industrial FCC unit [40,41]. The experimental
conditions were: temperature, 500-530-560 ◦C; contact time, 6 s; and catalyst/feed mass ratio (in a
dry basis), 6 gcatgbio-oil−1. Blank runs in no-catalyst conditions using only a α-Al2O3+bentonite
mixture were performed in order to confirm the inert nature of the matrix and binder used in the CZ
catalyst preparation.Catal sts 2020, 10, x FOR PEER REVIEW 11 of 15 
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Once the reaction time was completed, the product stream was extracted from the reaction
chamber through a rapidly triggered vacuum pump connected to an auxiliary chamber (30 cm3),
and then analyzed online by means of gas chromatography (GC) in an Agilent Technologies 7890A
chromatograph provided with flame ionization detector (FID). A gas sample was also collected from
the chamber in order to quantify CO and CO2 in a Varian CP-4900 micro-chromatograph provided
with two modules: (i) a molecular sieve (MS-5, 10 m) where H2, O2 N2, CH4, and CO are separated
and (ii) a Porapak PPQ (10 m), which separates H2O, CO2, and light products (methane, ethylene,
ethane, propylene, propane, acetaldehyde, butanes, butenes, and acrolein).
The main cracking products were classified in lumps, as follows: CO + CO2, dry gases (C1-C2),
liquefied petroleum gases (LPG, C3-C4), gasoline (C5-C12), light cycle oil (LCO, C13-C20), heavy cycle
oil (HCO, C21+), and coke. The amount of coke was quantified from the mass loss after combustion
of spent catalysts in a TGA-Q 5000 TA Instruments thermobalance, from 300 ◦C up to 550 ◦C at a
3 ◦C min−1 heating rate.
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4. Conclusions
The application of a hybrid catalyst (CH), consisting of an 80 wt.% of a commercial FCC catalyst
and 20 wt.% of a HZSM-5-based catalyst leads to remarkable differences in conversion, product yields,
and composition on the catalytic cracking of a VGO/bio-oil (80/20 wt.%) blend in the 500–560 ◦C
temperature range. The conversion of oxygenates in the blend increases approximately in the same
extent that the conversion of the carbonaceous compounds decreases (ca. 3 wt.%) using the CH
catalyst. This behavior can be attributed to the activity of the HZSM-5 zeolite in the conversion of
oxygenates to hydrocarbon and the diffusional limitations within its micropore structure for the
bulkier fraction in VGO (namely, light cycle oil, LCO; and heavy cycle oil, HCO). As a consequence,
more deoxygenated gasoline is obtained due to the selective cracking of bio-oil oxygenates that occurs
when using the hybrid catalyst. In addition, the LPG yield is also increased, mainly ethylene and
butenes, which originate from gasoline overcracking. Regarding gasoline composition, the lower
activity of the HZSM-5 zeolite in bimolecular hydrogen transfer reactions reduces the formation of
aromatics in this fraction, hence producing a more olefinic gasoline with the hybrid catalyst in contrast
to the commercial FCC catalyst, which presents a higher proportion of Brönsted sites, which favor
aromatics formation. Furthermore, the utilization of the hybrid catalyst can also aid in partially
preventing catalyst deactivation due to the hindrance of the condensation reactions that give way to
coke precursors by the addition of the HZSM-5 zeolite. Consequently, the results obtained in this
work processing real feedstock and resembling industrial FCC unit conditions evidence that adding
a HZSM-5-based additive to the commercial FCC catalyst is a suitable strategy for facilitating the
production of fuels from a VGO/bio-oil blend.
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Comparison of the effect of temperature on the olefinity and iso-olefinity of the C5-C6 families in the gasoline
fraction produced in the cracking of the VGO/bio-oil blend using the CY and CH catalysts (C/O, 6gcatgfeed−1; t,
6 s); Table S3. Comparison of the effect of temperature on the iso-parafinity of the C5-C6 families in the gasoline
fraction produced in the cracking of the VGO/bio-oil blend using the CY and CH catalysts (C/O, 6gcatgfeed−1; t, 6 s);
Figure S3. N2 adsorption–desorption isotherms for the fresh commercial FCC (CY) and HZSM-5 (CZ) catalysts;
Figure S4. Wide-angle XRD patterns for the fresh commercial FCC (CY) and HZSM-5 (CZ) catalysts; Figure S5.
NH3-TPD curves for fresh commercial FCC (CY) and HZSM-5 (CZ) catalysts; Table S4. Chemical composition of
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